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A three-phase reactor model for describing the hydrotreating reactions in a trickle-bed
reactor was developed. It includes correlations for determining mass-transfer coeffi-
cients, solubility data, and properties of the compounds under process conditions. The
model, based on the two-film theory, was tested with regard to the hydrodesulfurization
of vacuum gas oil in a new high-pressure pilot plant operated under isothermal condi-
tions. The sulfur content of the product oil was found to depend strongly on the gas/oil
flow ratio within the reactor. This is due to the inhibiting effect of hydrogen sulfide on
the chemical reaction rates described by Langmuir— Hinshelwood kinetics. The poor
conversion which, in contrast to industrial plants, is often observed in pilot plant reac-
tors can be explained by incomplete catalyst wetting produced by low liquid velocities.
The simulation shows a good agreement with the experiments carried out in a wide
range of temperature, pressure, space velocity and gas/oil ratio.

Introduction

Since it is important to minimize air pollution caused by
firing mineral oil products, the deep desulfurization of oil
fractions is a central matter of concern to every refinery. To
maximize the yield of high-quality products containing a low
sulfur content, we must know how the process conditions af-
fect hydrodesulfurization.

For the interpretation of kinetic data and the development
of new catalysts experiments have to be carried out in a pilot
plant trickle-bed reactor. Since the length of an industrial
hydrodesulfurization reactor is normally 10-20 times higher
than a pilot-scale reactor, it is not possible to operate both
reactors at the same weight hourly space velocity (WHSV)
and the same superficial mass flow velocity simultaneously.
In most cases the experiments are carried out at industrial
space velocity, causing the mass flow in the pilot-scale reac-
tor to be 10-20 times lower. This is accompanied by the lower
conversion in the small reactor that has often been observed.

Taking the pseudohomogeneous plug-flow model as a basis
for their argumentation, Henry and Gilbert (1973) suggested
that this effect is due to a lower liquid holdup in the pilot
plant reactor. Mears (1974) based the lower conversion on an
incomplete catalyst wetting that is due to the relatively low
liquid flow. A reliable scale-up of pilot plant data to an in-
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dustrial trickle-bed reactor using a modified pseudohomoge-
neous plug-flow model suffers from the problem that the
holdup model and the catalyst wetting model are of the same
structure concerning the influence of space velocity and
length of the reactor. Thus it is difficult to distinguish which
phenomenon causes the lower conversion in small reactors
(Paraskos et al., 1975).

The investigation of the hydrodesulfurization of model
compounds especially shows a large inhibiting effect of hy-
drogen sulfide on conversion (Gates et al., 1979; Vrinat, 1983;
Parijs and Froment, 1986; Parijs et al., 1986). By using com-
plex hydrocarbon mixtures, Gates et al. (1979), Stephan et al.
(1985), and Papayannakos and Marangozis (1984) came to an
analogous result. Since the concentration of hydrogen sulfide
increases with the reactor length, the pseudohomogeneous
plug-flow model cannot yield satisfying results, because a
change of the gas-phase concentrations and the mass transfer
between the phases are neglected. For a reliable estimation
and scale-up of pilot plant data, a three-phase reactor model
is necessary.

We present a new simulation method for hydrodesulfuriza-
tion of vacuum gas oil in trickle-bed reactors. The mass bal-
ances are described by a reactor model that is based on the
two-film theory (Hofmann, 1977). The procedure includes
correlations to estimate mass-transfer coefficients, gas solu-
bilities, and the properties of oils and gases under process
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Figure 1. Simplified experimental apparatus.

conditions. The rate of chemical reaction is described by a
Langmuir-Hinshelwood formulation. For the experimental
verification and parameter estimation, we have constructed a
new high-pressure pilot plant (Korsten and Hoffmann, 1995).
The residence-time distributions of the gas and of the liquid
phase in the trickle-bed reactor show that axial dispersion in
both phases can be neglected. It is obvious that the low con-
version in pilot plant reactors is due to an incomplete catalyst
wetting and can be correlated with the contacting effective-
ness recommended by Satterfield (1975).

The model presented in this article is in good agreement
with the experimental results where the most important pa-
rameters have been changed within a wide range.

Exerimental Equipment and Procedure

For the experimental determination of hydrodesulfuriza-
tion using catalysts in their original size a new pilot plant
reactor system has been constructed, as shown in Figure 1.
The liquid reactant in the storage vessel (1) is preheated up
to about 100°C to reduce the viscosity of the feed. Then it is
metered in the reactor section by means of a high-pressure
piston pump (2). The maximum feed rate is about 2,400
cm’/h. A second unit is the gas supply module. A diaphragm
compressor (3) pressurizes the hydrogen contained in the
cylinders (4) up to 45 MPa. The following pressure vessel (5)
has a function of a shock absorber. This is necessary to guar-
antee a constant flow because the gas flow generated by the
compressor is rich on pulsation. An electronic mass-flow con-
troller installed behind the buffer guarantees a constant flow
rate up to 3 Nm’/h. Now both gas and liquid pass through
the trickle-bed reactor (6).

The reactor is designed as a tube with an inside diameter
of 3 cm and a length of 125 cm. The iength of the reactor is
subdivided into three sections. The first section, having a
length of 33.5 cm, was packed with inert SiC particles. This
entrance section was used to heat up the mixture to a maxi-
mum temperature of 500°C, and to provide a uniform distri-
bution of gas and liquid and a hydrogen saturation of the
feed. The following section with a length of 66.5 ¢cm con-
tained a packing of 160-g catalyst, and inert particles. The
catalysts used were commercial NiMo/Al,O5 extrudates with
a trilobe shape and an equivalent diameter of 1.72 mm. For
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all the experiments reported here a single charge of the pre-
sulfided catalysts was used. The inert exit section was packed
with SiC particles of nearly the same size as the catalyst and
the particles in the other reactor sections. At the center line
of the reactor there is a thermowell containing ten thermo-
couples used to control the axial temperature profile within
the reactor. The reactor temperature was maintained at the
desired level by five electric heaters, which provided an
isothermal temperature along the active reactor section. The
greatest deviation from the desired value was about 1°C.

A water-cooling system (7) is located near the reactor exit
to cool down the products to about 50°C. The high-pressure
separator (8) is installed to ensure that a liquid-free gas phase
can be separated from the system. A back-pressure regulator
is located at the gas exit line to ensure a constant reactor
pressure. A part of the effluent gas stream can be recycled
with a diaphragm compressor (9) via the high-pressure vessel
(10) and a second mass-flow controller to adjust the required
flow rate. After passing two valves the liquid draining from
the high-pressure separator reaches the low-pressure separa-
tor (11) where the dissolved gases are separated from the
desulfurized oil.

The sulfur content of the feed and of the products was
estimated by inductively coupled plasma (ICP). An expanded
simulated distillation equipped with a capillary column was
used to characterize the boiling-point distribution of the oil.
These data were used for estimating liquid properties using
standard procedures as published by Ahmed (1989) or in the
API Handbook (1984). Furthermore, the boiling-point distri-
bution is a simple measure for characterizing the amount of
hydrocracking taking place during hydrgprocessing (Stange-
land, 1974). The content of aromatic C-atoms was deter-
mined by 3C-NMR (nuclear magnetic resonance), the
Brown-Ladner method (Kiigler, 1987) using 'H-NMR data
in combination with the ultimate analysis of carbon and hy-
drogen, and by the n-d-M method.

Gas-phase samples of the reactor’s exit gas stream were
analyzed by gas chromatography. A 6 ft (1.8 m) X 2 mm
Teflon column packed with Porapak QS was used for the
separation of hydrogen sulfide. The gas chromatograph was
equipped with a thermal-conductivity detector (TCD) using
helium as carrier gas. A second gas chromatograph equipped
with a TCD using nitrogen as carrier gas was used for the
determination of the hydrogen content in the reactor efflu-
ent. The separation was carried out with a 3.1-m X 6-mm
column packed with MS 13 X, 80/100 mesh.

After presulfiding, the catalyst passed a state of high activ-
ity. The experiments reported here were started after the cat-
alyst activity had reached a constant value, checked periodi-
cally by using standard conditions (p =10 MPa, T = 370°C,
WHSV=0.90 h™!, ¢=1,100 NI H,/kg feed). After steady
state had been reached, tested by means of the product oil
density and the gas-phase composition, samples were taken
and analyzed.

The specifications of the feed used in the experiments are
in Table 1.

Reactor Analysis and Kinetic Modeling

As can be seen from Figure 2, the gas/oil ratio has a strong
effect on the residual sulfur content of the liquid product.
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Table 1. Specifications of the VGO

Characteristic Dimension

Density at 15.6°C 0.9146 g/cm’
Density at 50°C 0.8945 g/cm?
Molecular weight (VPO) 420
Refractive index at 20°C 1.5128
Simulated distillation:

IBP 245°C

10 vol. % 353°C

30 vol. % 465°C

50 vol. % 524°C

70 vol. % 551°C

90 vol. % 583°C

FBP 617°C
Mean average boiling point 451°C
Ultimate analysis:

C 85.94 wt. %

H 12.18 wt. %

S 2.00 wt. %
Content of aromatic C-atoms:

"H-NMR + ultimate analysis 22.4%

n-d-M correlation 23.3%

Hydrodesulfurization is inhibited by hydrogen sulfide that is
produced at the sulfided NiMo sites of the bifunctional cata-
lyst and is then transported into the liquid phase. Finally mass
transfer of the hydrogen sulfide takes place from the liquid
phase into the gas phase. With an increased gas/oil ratio the
hydrogen sulfide concentration decreases and as a result the
sulfur removal is improved, as shown in Figure 3.

Besides this hydrogen sulfide dilution, an increased gas flow
rate can cause an improved mass transfer between the phases
or a more uniform liquid distribution. In this case we would
expect that the hydrodearomatization might be improved as
well as the hydrocracking by an increased gas/oil ratio. As is
apparent from Figure 3, variation of the gas/oil ratio does
not affect the hydrocracking reactions, but the reduction of
the aromatic hydrocarbon content is much better if the H,S
concentration is low.

It should be emphasized that the hydroprocessing reac-
tions take place at two different types of catalytic sites. The
hydrotreating reactions, that is, hydrodesulfurization and hy-
drodearomatization, are catalyzed at the sulfided NiMo sites,
whereas the cracking reactions take place at the Al,O cata-
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Figure 3. Effect of gas/oil ratio on hydroprocessing.

lyst support. It is obvious that hydrogen sulfide inhibits the
hydrotreating reactions by adsorbing at the sulfided NiMo
sites. The reactions that are catalyzed by the Al,O, carrier
are not influenced by hydrogen sulfide, so that the boiling
point curve is not affected by changing the gas/oil ratio.
The concentrations of the compounds in both mobile
phases are not constant down through a trickle-bed reactor.
Figures 4a and 4b show that the mass transfer and the distri-
bution of hydrogen sulfide in the different phases are very
important in medeling hydrotreating reactions. Since these
effects are neglected in the pseudohomogeneous plug-flow
model, the model is only useful in a small range of parame-
ters. Consequently, the mass conservation equations have to
be formulated by taking all three phases into consideration.

Axial dispersion

With respect to the formulation of an adequate reactor
simulation we have to analyze whether backmixing can be
neglected or not. Considering the flow of gases in fixed beds,
Levenspiel (1989) shows that each particle acts like a stirred
tank. For the flow of liquids in fixed beds Levenspiel comes
to the conclusion that one stirred tank corresponds with 1-4
particles, depending on the Reynolds number. We may as-
sume plug flow in both phases because the catalyst bed con-
tains a large number of particles.

Another criterion, reported by Mears (1971), is useful for
the estimation of the minimum bed length L, we need, so
that backmixing effects can be neglected:

L, 20m Cp
— > o ln — ,

dp  Pe, Cp

G}

where dp is the particle diameter, ¢, and cp are the sulfur
concentrations in the feed and in the product, respectively.
The Peclet number, u-dp/D,, can be estimated as a function
of the Reynolds number, G - dp/p. Application of the Mears
criterion to the experiments reported here cannot definitely
answer the question of whether or not axial dispersion can be
neglected. Depending on the correlation used for determin-
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Figure 4. Concentrations down through the reactor.

ing Pe,, published by Froment and Bischoff (1990) or Baerns
et al. (1987), the minimum ratio of L,/d, varies between 450
and 3,850, whereas the experimental ratio is 400.

The different results obtained by Levenspiel’s and Mears’
criteria caused us to carry out some experimental determina-
tions of the residence-time distribution. The residence-time
distribution of the gas phase has been measured at 1 MPa
and 100°C, displacing hydrogen by nitrogen or vice versa. The
actual gas flow rates were adjusted to the values of hydro-
treating under the conditions indicated by the black symbols
in Figure 2. At the same time a middle distillate fraction had
been metered into the reactor. The gas chromatographical
analysis of each exit gas stream sample took about 3 minutes.

The residence-time distribution of the liquid phase was
measured with respect to the same hydrotreating conditions
(Figure 2), using nitrogen as the gaseous compound. In the
experiment, vacuum gas oil was displaced by a middle distil-
late at ambient pressure and 100°C. The liquid samples, taken
at the reactor outlet every 3 minutes, were characterized by
measuring the refractive index.

Consequently, deviations from plug flow can be neglected
for both phases, as predicted by Levenspiel (1989).

Mass-balance equations

By formulating the mass-conservation equations, the fol-
lowing assumptions are made.

1. Gas and liquid velocities are constant across the reactor
section.

2. Fluid velocities do not change down through the reac-
tor.

3. There are no radial concentration gradients.

4. The mass transfer can be described by linear mathemat-
ical interrelationships.

5. The catalyst activity does not change with time.

6. Vaporization and condensation do not take place.

7. The reactor is operated in steady state.

8. Process conditions are isothermal and of constant pres-
sure.
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9. Chemical reactions only take place at the catalyst, and
not in the gas or in the liquid phase.

10. Intraparticle mass transfer within the pores of the cat-
alyst may be described by the catalyst effectiveness factor.

In hydrodesulfurization of mineral-oil fractions the follow-
ing kinds of reaction take place:

Generalized: v;-A; (Liquid) + v,+ A4, (Gas)
- vy- A, (Liquid) + v,- 4, (Gas) (2)

Mercaptane: R-SH +H,

- RH+H,S 3)
Sulfide: R,S +2H,

—2RH+H,S (&
Disulfide:  (RS;) +3H,

—-2RH+2H,S (5)
Thiophen: C,H,S+4H,

- C,H, +H,S. (6)

The conversion of petroleum fractions does not allow an ex-
act evaluation of the reactions going on. We will see that the
stoichiometric coefficients are a typical characteristic of the
feed and can easily be obtained by experiments.

The kinetic modeling is based on the three-film theory as
shown in Figure 5. Since no reactions occur in the gas phase,
the mass-balance equations for the gaseous compounds are

ug dpy 23

Hydrogen: BT B +k§-aL-(——H2—c§‘ =0 (7
ug  dpy 2

HS: RT dz +k‘%'aL'(H4_c"L)=O’ ®

where u is the superficial velocity of the gas, R is the gas
constant; T represents the reactor temperature; pC are the
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Figure 5. Concentration profiles in a trickle-bed reactor
(cf. Hofmann, 1977).

partial pressures of H, or H,S; k/-a; describes the mass
transfer between the gas and the liquid phase; and the
liquid-phase concentrations of H, and H,S in equilibrium
with the bulk partial pressure are represented by the term
pP/H,. Tt is assumed that the mass-transfer resistance in the
gas film can be neglected.

For the gaseous compounds in the liquid phase the
liquid—solid mass transfer, k5 a,, must be taken into consid-
eration:

dCL pG
Hydrogen: “L°’f‘kzL'aL'(H—2—C§
2
+k3:asg(ey —c3)=0 (9
dC‘{‘ pf
S gk “L'(H—-Cf
4

+k§ag(ck—cH=0, (10)

where u, is the superficial velocity of the liquid, and ¢ are
the liquid-phase concentrations of H, and H,S at the cata-
lyst surface.

Since the organic sulfur compounds and the liquid hydro-
carbons are assumed to be nonvolatile, the mass-balance
equations are

def ¢ .
Organic sulfur: uL-—EZ—+k1-azs-(c1 —ci)=0 D

dck
Hydrocarbons: uL-—dZi +kSeag-(ck—c$H)=0. (12)
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The components transported between the liquid phase and
the surface of the catalyst are consumed or produced by
chemical reaction:
Hydrogen: k3-ag-(cf—c3)

=—vyr=—vyplomer, (13)
H,S: ki-ag-(ck-c)

=—yer=—urplonr, (14)
Organic sulfur:  k5-ag-(cF—cf

=—ppr=—vwiplomer. (15
Hydrocarbons:  k3-ag (¢t —c5)

=—V3r=

—vypplomer., (16)
where p, is the bulk density of the catalyst pellets in the bed,
7 represents the catalyst effectiveness factor, r, is the intrin-

sic rate of reaction per unit mass of the catalyst, and ¢ is the
ratio of the catalyst bed diluted by inert particles:

V.

§=VC+V,- a7n

where V, is the volume of active catalyst and V; is the volume
of inert particles.

Since the concentration of hydrocarbons does not change
significantly by hydrodesulfurization, Eqgs. 12 and 16 will not
be taken into further consideration. The five first-order dif-
ferential equations, Egs. 7-11, can be solved numerically by a
Runge-Kutta method using the following boundary condi-
tions at z=0:

cHz=0=ck (18)
ps(z=0)=pS (19)
ciHz=0)=ck (20)
pS(z=0)=0 1))
ckz=0=0. (22)

Assuming the organic sulfur compound has the same molecu-
lar weight as the whole sample, its concentration can be esti-
mated by using the weight fraction w,, as determined by ICP:

ct=— - w,. (23)

The density p, of the oil at process conditions can be deter-
mined by the Standing—Katz correlation, as presented in
Ahmed (1989). In deviating from the SI system we give the
equation with the original units:

p(p,T)=po+Ap,—Apy, (24)
where p, represents the density at standard conditions
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(15.6°C; 101.3 kPa) in Ib/ft>. The pressure dependence can
be calculated by

P
Ap, =[0.167+16.181- 10004255 [_]
b=l 0 ] 1,000
0.01-[0.299 + 2631000603 Py
—U.01 -0/ +263-107" “Pal. .
][1,0001 @5

where p is the pressure in psia. Since the density drops with
rising temperature, a temperature correction with the tem-
perature T in °R is given:

Apr=[0.0133+152.4-( o + Ap,) > *] [T —520]
—[8.1-1076 —0.0622-10 0764 (Pt 422 ].[ T — 520]%. (26)

The mass-balance equations are based on the assumption that
the gas—liquid equilibrium can be described by Henry’s law.
The Henry coefficient H; can be obtained from solubility co-
efficients A;:

H,= @n

where v, is the molar gas volume at standard conditions and
p, represents the density of the liquid under process condi-
tions, Taking data from the literature, we derived the follow-
ing correlations for the solubility of hydrogen and hydrogen
sulfide in hydrocarbon mixtures:

T 1
Hydrogen: A,=ag+a;T+ay—+ayT?+a,—
P2 P20
(28)

with the constants

a, = —0.559729
a,=—0.42947x 1073
a, =3.07539x107*

a;=1.94593-107°
a, = 0835783

where T is the temperature in °C, p,, represents the density
at 20°C in g/cm?, and the hydrogen solubility is given in (NI
H,)/[(kg oil)-(MPa)l. We found the solubility of hydrogen
sulfide in mineral-oil fractions to be

A, =exp(3.3670—0.008470- 7). 9

External mass transfer

The gas-liquid mass-transfer coefficient is a function of the
liquid superficial mass-flow velocity G, . For its determina-
tion we use the correlation published by Goto and Smith
(1975):

D} My, P’ DiL

i

L, *3 12
k;‘ aL=a1'(ﬂ) ( My ) , (30)
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where the term kf-a, represents the mass transfer, and p,
is the density of the liquid as determined by Eqs. 24~-26. The
coefficients «; and «, are a function of the particle diame-
ter. For the pellets used in this article, dp = 1.72 mm, we get
a,=04 and ;=7 (cm)™ 4,

The dependence of dynamic liquid viscosity 1, on temper-
ature may be described by the Vogel equation, as published
by Reid et al. (1987). The disadvantage of using this correla-
tion is that it cannot be applied to a hydrocarbon mixture of
unknown composition until three parameters have been de-
termined experimentally. Using the density of the oil as a
parameter, Glaso’s correlation, as published in Ahmed (1989),
shows good agreement with the measured values. In terms of
API gravity this equation gives the viscosity in mPa-s:

p=3.141-10"(T —460) >*** -[log,,(APD]", (31)
where
a =10.313-[log,o(T —460)] — 36.447, (32)

with temperature T in °R. We can take into account the small
dependence of liquid viscosity on pressure within the range
of interest by using the procedure published in the API
Handbook (1984).

It is necessary to know the molecular diffusivity D} of
solute i in the liquid in order to use Eq. 30 to determine the
gas—liquid mass-transfer coefficients. Assuming infinite dilu-
tion, the diffusivity can be estimated by a Tyn-Calus correla-
tion, as published by Reid et al. (1987):

0.267
I T

Df =8.93'1O‘8-W T (33)

where T is the temperature in K and u, represents the vis-
cosity of the solvent in mPa-s. By using Eq. 33 we obtain the
diffusivity in cm?/s. The molar volume of solute, v;, or liquid
solvent, vy, at its normal boiling temperature can be esti-
mated as published in Perry and Green (1984):

v=0.285-0}98 34)

The measurement unit of the molar volume is cm®/mol. The
critical specific volume v, of the gaseous compounds H, and
H,S is tabulated in Reid et al. (1987), whereas for the liquid
components this characteristic can be obtained by using the
Riazi-Daubert correlation (Ahmed, 1989):

oI =17.5214-1073. T28%, - d57°%, (35)

where v is the critical specific volume in ft%1Ib, Tyapp
represents the mean average boiling point in °R and d,5¢ is
the specific gravity at 15.6°C. The transformation of v to v,
can be carried out by multiplication with the molecular weight
M.

Because of the complex composition of hydrocarbon mix-
tures, some assumptions are necessary before using Eq. 33.
We consider the organic sulfur compound to have the same
density, average boiling point, and molecular weight as the
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whole liquid sample. In this case the molar volume of the
medium sulfur compound is equal to that of the liquid sol-
vent, v, = v;. The diffusivity decreases because the viscosity
rises with increasing pressure.

The liquid—solid mass transfer in the low interaction regime
can be estimated by the van Krevelen—Krekels equation
(Froment and Bischoff, 1990):

k$ G, \¥ v
AN [ 0 €5
Df-ag s Hr pL"D;

where ag is the specific surface area of the packing:

6
as=d—P-(1—e), 37)

where dp is the equivalent particle diameter and € is the
void fraction of the catalyst bed.

Using their new criterion, Satterfield et al. (1969) show that
with regard to the hydrodesulfurization of middle distillates
in industrial plants, mass-transfer phenomena can be ne-
glected. If the inequality is true, mass transfer cannot be ne-
glected:

lo'dp

oL
3-c;

(=) > kS, (38)

where
dp= particle diameter, cm

¢l = concentration in the liquid phase, mol/cm>
r=reaction rate, mol/[(cm® catalyst)-s]
k? = mass-transfer coefficient, cm/s

By using the criterion for hydrodesulfurization of vacuum gas
oil (VGO) in an industrial trickle-bed reactor, as character-
ized in Table 1, we come to the same conclusion as Satter-
field et al. (1969) that mass transfer does not play an impor-
tant role. Table 2 shows typical process conditions of our pi-
lot plant and of an industrial hydrotreater, as well as a com-

Table 2. Mass Transfer in Trickle-Bed Reactors

parison of the mass-transfer data. Since the liquid superficial
mass-flow velocity in a pilot plant reactor with a diluted cata-
lyst bed is about 70 times smaller than in an industrial plant,
the gas-liquid and liquid—solid mass transfer is much better
in the latter one. In pilot plants the left and the right sides of
Satterfield’s criterion (Eq. 38) are of the same order of mag-
nitude. Consequently, the assumption that mass transfer in
pilot plant reactors could be neglected is very doubtful.

Rate of chemical reaction and intrapellet mass transfer

Since hydrodesulfurization reactions at the usual process
conditions are irreversible (Girgis and Gates, 1991; Vrinat,
1983), reverse reactions need not be considered.

Assuming the sulfur content of the oil and the concentra-
tion of hydrogen to have a positive effect, and hydrogen sul-
fide to adsorb at the active catalyst sites, the following kinetic
equation of the Langmuir—Hinshelwood type is used:

eH™ (5™

e (39)
(1+K4-c)

re= app

where the rate of reaction per unit mass of the catalyst is
correlated with the concentrations ¢ at the outer catalyst
surface; m, and m, represent the reaction order concerning
the sulfur compound and hydrogen, respectively; k., is the
apparent rate constant, as discussed below; and the adsorp-
tion-equilibrium constant of hydrogen sulfide at the catalyst
surface is represented by K.

It has often been observed that the rate of chemical reac-
tion decreases with increasing particle size. Especially in the
hydrotreating of high-boiling mineral-oil fractions, a great in-
trapellet mass-transfer resistance must be expected. In the
literature effectiveness factors in the range of = 0.0057-1
are mentioned (Li et al., 1995; Scamangas and Marangozis,
1982; Weiss et al., 1987).

In the calculations described below we assumed that the
catalyst effectiveness factor is constant down through the re-
actor. Since the experiments reported in this article are car-
ried out using a single catalyst charge, the value of the cata-
lyst effectiveness factor is included in the chemical reaction
rate constant. The validity of assuming a constant effective-
ness factor in the field of hydroprocessing is confirmed by the
good agreement with the experimental results. This simplifi-

Industrial ]
Pilot Plant Plant cation makes it much easier to solve the system of equations
Pres. p, MPa 10 than it would be if the concentration profile inside the cata-
Temp. T, °C 370 lyst were included, as recently noted by Froment et al. (1994).
WHSV, h~! R 0.85
gafﬁzs?jiﬁescfcﬁ{ {em+s) 0.00572 04 Reactor Performance and Simulation
gr%r(s)ulefgr(g){gp (DY ?ggi}g:i The three-phase reactor model contains a number of pa-
H§ drogen sul%i de (D) 110% 104 rameters. Most of these, the properties of gases and liquids,
Gas-liquid mass transfer, s~ solubilities, diffusivities, and mass-transfer coefficients, can
Hydrogen (k%-a;) 7.05%x1072 3.86x107° be calculated by using the correlations given earlier. The rate
_Hydrogen sulfide (ki -a,) ) 6.42%1073 351x107%  constant, order of reaction, and adsorption equilibrium con-
Llcé;xrlgajrlsjc;lls?l lrglarsz (:;allgst;f;crl& 'Sas) 5765 102 0231 stant are t'he.result‘of expt?r%mental determination.
Hydrogen (k3 ay) 706 %102 0.590 ' T}}e stoichiometric coefficients of the overall hydrodesulfu-
Hydrogen sulfide (k3-a5)  6.22%x1072 0.520 rization reaction as a characteristic of the feed have to be
Reaction rate uz-r,smol/(cm3-s) . 2.53%107° , estimated experimentally because information about the
ngtnslia;: gfangeg é‘ 2 HCI‘/I;/S 3.88x10 5 38X 10- JS24x10 chemical composition of high-boiling petroleum fractions is
% : lacking. Referring to Eqs. 2 to 6, the stoichiometric coeffi-
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Figure 6. Sulfur and H,S concentrations down through
the reactor.

cient of the organic sulfur compound is v, = —1. Using the
measured concentrations of hydrogen sulfide at the reactor
inlet and reactor outlet, the stoichiometric coefficient v, can
be easily estimated. Since hydrogen is used in excess, its stoi-
chiometric coefficient », does not influence the simulation
as strongly as v,. Using the feed as specified in Table 1, the
stoichiometric coefficient of hydrogen sulfide was estimated
to be v, = 9. This value was calculated by using a univariable
method (Hoffmann and Hofmann, 1971) from the data shown
in Figure 6. The stoichiometric coefficient of hydrogen was
setto v, = ~15.

Orders of reaction are m; =1 and m, = 0.45. The value of
m, appears to be due to a dissociation of H, at the catalyst
sites, where the theoretical value would be m, =0.5. These
parameters and the adsorption-equilibrium constant of hy-
drogen sulfide at the catalyst, K, = 70,000 cm*/mol, were es-
timated as well as the reaction rate constant by applying a
univariable method, using the data shown in Figures 7, 8, and
9.

The simulated concentration profiles in the reactor, based
on the parameters given earlier, are illustrated in Figures 4a
and 4b.
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Figure 7. Effect of pressure on hydrodesulfurization.
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Space velocity and contacting effectiveness

A comparison of experimental data, obtained by adjusting
space velocities in the range of WHSV = 0.85-4.58 h~1, with
the reactor simulation shows that the apparent rate constant
k,pp increases with WHSV. This effect can be correlated with
the wetting efficiency, defined as the ratio of the apparent
rate constant k,,, and the intrinsic rate constant k;,:

kapp 1.

(40)

The trickling-flow regime is subdivided into a complete and a
partial wetting region, depending on the liquid flow rate (Ng,
1986; Ng and Chu, 1987). Because of the small superficial
mass-flow velocities in pilot trickle-bed reactors, the wetting
efficiency is in the range f, =0.12-0.6 (Satterfield, 1975;
Gates et al., 1979). The wetting efficiency of industrial reac-
tors can be expected to be f,, =0.7-1.0.

There are a number of correlations in the literature that
predict the wetting efficiency of packing materials. Since the
wetting efficiency is a function of the initial liquid distribu-
tion, the geometry of the packing and of the catalyst, and the
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Figure 9. Influence of gas/oil ratio at elevated liquid flow
rate.
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Figure 10. Wetting efficiency in a trickle-bed reactor.

mass flow throughout the reactor, the predicted values are
scattered over a wide range, as shown in Figure 10. Figure 10
is based on an article by Gianetto and Specchia (1992).

Using an empirical correlation, as recommended by Satter-
field (1975), the measured values of the apparent rate con-
stant as a function of the superficial mass-flow velocity G, in
kg/(m?-s) can be described very well, as shown in Figure 10:

41D

with the intrinsic rate constant k; = 0.67 (cm3/Ag-s))-
(cm®/mol)®* and the constants 4 = 0.21 and B =1.40.

It should be noted that the conversion in trickle-bed reac-
tors depends strongly on the wetting efficiency. The deviation
of the measured sulfur concentrations from the reactor simu-
lation curve, as shown in Figure 11, is due to the reasonable
correspondence of the experimental data, which are ex-
pressed by Eqs. 40 and 41 and illustrated in Figure 10. A
small overestimate of the wetting efficiency by the theoretical
curve in Figure 10 allows the reactor model to calculate a
sulfur conversion that is too high (Figure 11).

The strong influence of the wetting efficiency on the con-
version is due to small catalyst effectiveness factors, as ob-
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Figure 11. Variation of space velocity on hydrodesulfur-
ization.
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served in hydroprocessing heavy fractions. In the case of par-
tial wetting we have to distinguish between an incomplete-
contact reactor scale and.an incomplete-contact particle scale
(Mills and Dudukovic, 1979). The former describes a situa-
tion where parts of the catalyst bed are completely dry, so
that the total reactor efficiency is proportional to the wetting
efficiency. If the catalyst particles are touched by the liquid
without wetting the whole surface, we call it incomplete-con-
tact particle scale. Because of capillary forces, we assume the
pellet to be completely liquid-filled if it comes in contact with
the liquid. In pilot plant reactors we consider the
incomplete-contact particle scale. In the case of large Thiele
modulus, that is, very fast reaction, the total catalyst effec-
tiveness is strongly affected by the external wetting efficiency.
This is because the liquid reactant cannot get into the cata-
lyst rapidly enough if the wetting efficiency is small. The re-
action takes place only in a thin shell near the wetted catalyst
surface. Considering a slow reaction, where the intraparticle
mass transfer can be neglected, that is, small Thiele modulus,
the problem of liquid-reactant depletion is much less, and
therefore the total catalyst effectiveness is relatively unaf-
fected by external wetting efficiency (Mills and Dudukovic,
1979; Harold and Ng, 1987).

Effect of pressure

Since the order of the hydrogen concentration reaction at
the surface of the catalyst is m, = 0.45, the conversion of the
organic sulfur compounds increases with pressure. Figure 7
shows that the effect of pressure decreases with increasing
pressure. This influence can be neglected above 12 MPa.
Since the viscosity of the oil increases with pressure, diffusiv-
ity and mass-transfer coefficients decrease. Therefore at high
pressure a diminution of the conversion may be observed.

The produced quantity of hydrogen sulfide generally goes
up as the conversion of the organic sulfur compounds in-
creases. As we can see in Figure 7, the concentration of H,S
in the gas phase goes down, because the solubility of gases in
liquids increases with rising partial pressure. A deviation ex-
ists between the measured H,S concentration in the gas phase
and the values that are predicted by our model, represented
by the curve in Figure 7. The calculation of the gas-liquid
equilibria by Henry’s law may be the source of this differ-
ence. Recall that Henry coefficients generally are not inde-
pendent of pressure and that the proper application of
Henry’s law is restricted to small concentrations of the solute.

Effect of gas/oil ratio

As mentioned earlier, the pseudohomogeneous plug-flow
model should not be used for hydrodesulfurization in trickle-
bed reactors, unless a crude approximation is required. The
three-phase reactor model is in good agreement with the ex-
perimental results. As we can see in Figure 6, the partial
pressure of hydrogen sulfide increases down through the re-
actor, and the sulfur conversion can be improved by increas-
ing the gas/oil ratio. In the literature experiments have mostly
been carried out at gas/oil ratios of ¢ = 300-900 (N1 H,)/ (kg
feed), a range where the conversion is strongly inhibited by
hydrogen sulfide (Figure 8).

With the elevated mass flow velocity of the liquid phase,
the apparent rate constant increases. This increased rate con-
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stant can be estimated using Eq. 41. Based on this value, Fig-
ure 9 shows that, within a wide range of gas/oil ratios, the
simulation agrees reasonably well with the experimental re-
sults.

Effect of temperature

The following parameters of the reactor model are influ-
enced by temperature:

1. Velocities of the gas and of the liquid flow

2. Diffusivities of the compounds

3. Mass transfer at the gas-liquid and at the liquid—solid
interfaces

4. Henry’s coefficients of hydrogen and hydrogen sulfide in
the oil

5. Viscosities of the compounds

6. Densities of the compounds.
The temperature dependence of these parameters can be es-
timated by the correlations given earlier. But the effect of
temperature on the rate constant and on the adsorption equi-
librium constant of hydrogen sulfide at the catalyst has to be
experimentally estimated.

The influence of temperature on the adsorption-equi-
librium constant can be be described by the van’t Hoff equa-
tion:

AH.

K4(T)=K0-exp( R_;‘j‘ﬂ). (42)

The enthalpy of adsorption of hydrogen sulfide on an alu-
mina-supported CoMo catalyst has been estimated to be
AH, 4 = 2,761 J/mol in'a temperature range of T = 533-644
K (Frye and Mosby, 1967). If the temperature rises from 370
to 390°C, the adsorption equilibrium constant decreases by
1.6%. In comparison with the effect of temperature on the
rate constant, the temperature dependence of the equilib-
rium constant can be neglected.

Experiments have been carried out at temperatures be-
tween 350 and 390°C. Using the Arrhenius equation,

EA
k=k0-exp(—ﬁ),

the activation energy could be estimated to be E, =725
kJ/mol, and the frequency factor is ko = 0.545-10% (cm®/(g-
s))-(cm*/mol)®*5, The vacuum gas oil used in these experi-
ments was specified by a higher sulfur content, molecular
weight and mean average boiling point than the vacuum gas
oil used in the other experiments reported here. Using the
parameter estimation methods previously described, the sim-
ulation is in good agreement with the experimental data (Fig-
ure 12). The stoichiometric coefficient of hydrogen sulfide,
which is a characteristic of the oil, is v, = 10.

(43)

Discussion and Conclusions

Since hydrodesulfurization is strongly limited by hydrogen
sulfide, the chemical reaction rate is expressed by a Lang-
muir-Hinshelwood formulation in terms of catalyst surface
concentrations. The hydrogen sulfide concentration down
through the reactor decreases with increasing gas/oil ratio,
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Figure 12. Temperature dependence during hydrode-
sulfurization.

so that the sulfur conversion becomes much better. This fact
cannot be described by a homogeneous plug-flow model, and
consequently, a three-phase reactor model is presented here.

The model contains mass-transport phenomena at the
gas—liquid and at the liquid—solid interface. In the literature
a number of correlations for predicting mass-transfer coeffi-
cients are presented. These have been developed in nonre-
acting systems, and mostly at ambient pressure and tempera-
ture. For the estimation of mass-transfer coefficients the
knowledge of density, viscosity, and molecular diffusivity un-
der process conditions is essential. Since high-boiling
petroleum fractions become unstable at temperatures above
350°C, the estimation of these properties may include some
uncertainty. Nevertheless, the mathematical simulation shows
reasonably good agreement with the experimental results.

A scale-up of pilot plant data to an industrial trickle-bed
reactor can yield some miscalculation, because the superficial
mass-flow velocity in the large-scale reactor is much higher
than in pilot plants. Since the contact effectiveness strongly
depends on the mass-flow velocity, the wetting efficiency in
pilot plant reactors is about f, =0.15-0.6, whereas a com-
plete catalyst wetting can be expected in industrial plants.
Because of its large diameter in a commercial reactor, an
incomplete wetting also may occur if the liquid distributor is
unsuitable.

In hydrotreating heavy feed, very small catalyst effective-
ness factors have been observed, which means that the reac-
tions take place only in a small sphere near the outer surface
area of the catalyst. In this case, the chemical reaction rate
strongly depends on the wetting efficiency. Contact effective-
ness factors, estimated by a number of correlations, are scat-
tered over a wide range. Since the wetting efficiency depends
on the geometrical data of the reactor system, properties of
the feed, process conditions, and reactor start-up, this insuffi-
ciency is explainable.

Of course, it can be advantageous to dilute the catalyst bed
with fine inert particles. At present, however, a quantitative
method for determining catalyst wetting efficiencies in di-
luted beds does not exist.
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Notation

a, =specific gas-liquid interface, cm™
K, =adsorption-equilibrium constant at infinite temperature,
cm>/mol
aro =Tesidual aromatics content
R =residual sulfur content
z = axial coordinate in reactor, cm

1

R

Subscripts and superscripts

¢ = critical
L =liquid
S =solid

3 =hydrocarbon
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